Oxygen vacuum swing adsorption (VSA) has emerged as an important unit operation in many chemical engineering processes such as iron and aluminium smelting, making oxygen the third largest man-made chemical commodity in the world. Although a mature technology (with the first patents published in the 1970s), oxygen VSA processes are still not well understood due to their complicated batch-like operation, inherent non-linearities and inverse responses associated with the operating conditions. Step perturbations of manipulated variables together with the process response provide valuable information for the study of system dynamics, the extent of interaction and control loop pairings.
INTRODUCTION
Oxygen is one of the largest man-made chemical commodities and, not surprisingly, has spurred much research into the development of processes for its efficient production. Vacuum swing adsorption (VSA) has emerged as an important unit operation and is the preferred method (over pressure swing adsorption) for the production of low tonnage oxygen due to the adsorptive capacity of the sieve and sieve selectivity. Since its inception as a patented process [with one of the first patents issued in October 1970 (Kumar 1996) ], vacuum swing adsorption (VSA) has gained in popularity and is the system of choice for small-to-medium size oxygen production plants. It offers a cost effective and efficient source of enriched oxygen product for applications requiring less than 100 tonne/d of contained oxygen (Kumar 1996) . Resurgence in the development of this technology was fuelled by the drive for low-power, cost-efficient oxygen production by Japanese steel arc furnaces during the 1980s (LaCava et al. 1998 ). However, due to the complexity of the process, investigations into the characteristics of the system continue.
The focus of previous research efforts in air-separation adsorption processes has primarily been the determination of cyclic steady-state conditions. Thus, the optimisation of design and operating conditions has required detailed investigation of steady-state conditions, leading to the development of process simulators and a large amount of experimental information. In contrast, the investigation of the dynamic responses of an adsorption process to changes in manipulated variables and external disturbances has been almost non-existent. Unfortunately, it is this dynamic behaviour that is the feature of most interest to the operator and process engineer once the plant has been built and in operation. Since multiple control objectives must be met during the operation of an O 2 VSA process (typically oxygen purity, flow rate and pressure), and many variables (typically valve positions) are available for manipulation, it is important to understand the impact of these variables on purity, flow and pressure as well as identifying potential interactions which may diminish the quality of the control scheme.
In industry, multiple PID loops are commonly employed to control individual parameters in the O 2 VSA process with the assumption that these loops are independent, but this may not be the case. In this paper (Part 1 of a two part series), the experimental dynamic response of the O 2 VSA system (particularly product purity, flow and pressure) to step changes in manipulated variables and load will be shown and discussed with a view to using this information to pair and tune control loops (covered in Part 2). In addition, we shall demonstrate how a simple lumped dynamic model can be used to explain the observed system time constants for flow and pressure but not purity.
The paper is organised in the following manner. Firstly, the pilot plant will be described with a discussion of the process and perturbation scenarios to ensue. Next, the open loop results are presented and discussed in the context of the simple dynamic model as well as heuristic understanding of the VSA process.
THE VSA PILOT PLANT
A pilot-scale unit was built to mimic the main characteristics observed in plants in the field. Typically, industrial VSA units span one to two metres in height and two to three metres in diameter. This essentially ensures 'short-term' adiabatic operation (although seasonal and diurnal temperature fluctuations do affect process performance), due to the large surface-to-volume ratio and the low conductivity of the zeolite sieve. With this in mind, the beds for the pilot plant were fabricated using 110 mm o.d. 3.0 mm wall thickness PVC pipe to give an effective working height of 1.81 m. The beds were further insulated with fibre glass wool. In addition, the wall thickness was kept to a minimum to reduce axial conduction due to source and sink effects.
The Peclet number (which defines the extent of axial dispersion) was kept reasonably high (> 100) to ensure plug flow, but below the incipient fluidisation velocity. Furthermore, to ensure minimal movement of the molecular sieve, a spring-loaded top-hat section was placed above the packed volume to add additional packing force and to prevent fluidisation. A P & ID diagram of the pilot plant for dual-bed operation is shown in Figure 1 . Although only two beds are depicted, the experimental plant was able to admit up to three beds and was valved in such a manner that either bed-to-bed purge or product purge was available. A control valve was placed between the vacuum pump and the beds allowing variation of vacuum capacity. The control valve is not normally included with industrial plants and hence the vacuum blower capacity is fixed. House air was supplied via a compressor and a refrigerant dryer to the inlet stream to the pilot plant and further dried (to 50 C dew point under atmospheric conditions) and cleaned via an NaX PSA dryer, oil knockout pots and particulate filters.
The software and hardware environment associated with the experimental plant was representative of industrial units with fully instrumented pressure, temperature, flow and product oxygen sensors. In addition, an on-board PLC allowed control of the process, determination of mass balance closure (~1%, which was reasonable in view of the severely unsteady conditions experienced by the gas flow) and real-time performance calculations. Finally, the data was logged remotely via a SCADA package (Citect). A schematic representation of the communications highway is given in Figure 2 .
THE VSA CYCLE
The VSA cycle studied here bears the main characteristics typical of industrial practice. It consisted of a dual-bed, six-step, 60-s cycle, with a single layer of commercially available lithiumbased zeolitic sieve (9.1 kg/bed) placed above a prelayer of alumina (0.5 kg/bed). In industry, the function of the prelayer is to remove moisture from the air stream, thereby preventing contamination of the main bed. Although the air had been pre-dried, the prelayer was retained in order to duplicate the unusual temperature profiles created by a prelayer of material in a bulk gas separation system . The various steps within the cycle, step times, flow direction and control valves are shown in Figure 3 . Being a semi-batch process, product off-take occurred during steps two (bed 1) and five (bed 2), with the flow into the bed controlled by valve CV1 and product flow controlled by valve CV4. Desorption of the adsorbate (nitrogen in this case) occurred during steps three and four, and was controlled via valve CV2. The purge step, shown here in steps three (bed 1) and five (bed 2), was important for the maintenance of product purity. It forced contaminants (nitrogen) in the fluid phase down from the top of the bed and allowed further adsorbate desorption to occur by lowering the partial pressure of nitrogen around the sieve. Control of the product purge stream was via valve CV3. Pressurising the bed with dry air in steps one (bed 1) and three (bed 2) completed the cycle.
It should be noted that a product tank was present downstream of the beds. Thus, control valve CV4 regulated flow from the product tank. Although product gas was provided to the product tank during steps two and five only, product withdrawal from the tank through CV4 was continuous. Fixed valve coefficient switch valves connected the beds, feed and product tanks only. It should also be noted that the cycle studied did not include a pressure-equalisation step. Such a step is often included in large-scale PSA cycles to enhance recovery and reduce power requirements.
Since the goal of this study was not to optimise power requirements or recovery of the process, this step was omitted for purposes of simplicity. However, bed-to-bed coupling (important for studying system dynamics) was retained through the inclusion of the purge step.
The following step changes were studied (perturbations about cyclic steady state):
Case 1: An increase of 5% in the feed valve (CV1) position during the feed steps (steps 2 and 5). Case 2: An increase of 3% in the purge valve (CV3) position during the purge steps (steps 3 and 4). Case 3: A decrease of 10% in the product valve (CV4) position during the feed steps (steps 2 and 5). Case 4: Product load disturbance of 5 kPa via water level in a load tank.
The magnitudes of the perturbations of the manipulated variables were chosen on the basis of previous experience in O 2 VSA operation and are upper limits of what would typically be needed to control purity, flow and pressure. The responses measured were bed pressures, flow rates, temperatures and product composition as a function of absolute time and cycle time. Of particular interest were product composition, product flow rate and product pressure since these directly impact upon the customer and are usually the variables selected for control.
Furthermore, it should be noted that the case studies listed above are by no means exhaustive of the varying conditions experienced by a VSA plant during operation, but they do encapsulate the important situations that cause fluctuations in performance. In addition, the valves listed are typically used for control purposes in the VSA process to ensure that purity, flow and pressure targets are met.
MECHANISTIC MODEL DEVELOPMENT
To help understand the observed responses, it was considered important to develop a computationally simple yet physically representative model. The model should account for the direction of the response (increase or decrease) as well as the approximate magnitude (steady-state gain) and response time (number of cycles needed to reach 95% of the final value). The eventual use of this model will be in a model-predictive structure for future on-line model-based control. It is worthwhile elaborating on the need for an appropriate model since there is already an abundance of adsorption models in the literature. The reader is therefore justified in questioning the need for an additional model. Explanation of the dynamic response of a cyclic adsorption system and development of a control model can be done on at least three different levels:
(a) Detailed solution of the governing differential conservation equations with appropriate timevarying boundary conditions Many adsorption simulators have been developed over the past decade . This modelling approach is not appropriate in the current study for at least three reasons:
1. Unfortunately, the vast majority of adsorption simulators [including our own, MINSA ] are single-bed simulators. Multi-bed systems are modelled in one-bed simulators by storing information on beds providing gas and using this information when needed later for modelling beds receiving gas. This approach is entirely appropriate when only information at a cyclic steady state is needed, since eventual convergence on the correct profiles will be achieved for moderate computational demand. However, when bed coupling is present (as in the current study), a true multi-bed simulator is needed to model the short-term/dynamic (1-5 cycles) response of the system correctly. The computational demands of a full multi-bed simulator are excessive and would not satisfy the need for future on-line model-based control. Doong and Propsner (1998) have discussed the benefits of multi-bed adsorption process simulators with demonstration on a dual-bed PSA process. Although their model was a single-bed simulator, they attempted to demonstrate the effects of asymmetric operation by adjusting the position of the bed-to-bed valve during the bed-to-bed purge and pressure equalisation steps such that each bed would experience differing purge flows throughout the cycle. Their study showed that operation asymmetry resulted in vastly different performance from that of a symmetric process simulation. In the field, asymmetric operation is a more common scenario due to the slight variances in piping arrangements, bed packing, and volume and valve positions (especially in the case of the purge valve which is generally designed to flow in a unilateral direction, although in a VSA/PSA process bilateral flow between beds is permitted). The authors also admit that their single-bed simulator with variable bed-to-bed boundary conditions still did not provide a true representation of the dynamics of a multi-bed system. 2. A distributed model is useful when information on distributed variables or variables directly dependent on distributed parameters is needed. In the present study, the main variables of interest were purity, flow rate and pressure. Oxygen purity is strongly dependent on the concentration behaviour in the adsorption bed (a distributed variable). If this were the sole variable of interest, then a distributed model would be required. However, product flow rate and pressure are also variables of interest. These are lumped or integrated variables governed largely by flows to and from coupled adsorption tanks with only weak dependence on the spatial information in the beds. Use of a spatially distributed model therefore is unnecessarily complicated and a lumped parameter model (see c below) is more appropriate. 3. Numerical solution of the coupled conservation equations is sufficiently complex to conceal the physics upon which the equations are based. Tracing which terms in the equations are responsible for the predicted behaviour as a function of time is difficult and extremely tedious. A simpler (perhaps less accurate) model containing the essence of the physics would be more appropriate.
(b) Ad hoc arguments followed by construction of an entirely empirical model using correlations between input manipulated variables and responses. Some of the responses of the system (pressure and flow) can be explained using ad hoc arguments. Indeed, these arguments will be used here from time to time. However, at best, these arguments can only provide the direction of the response but not its magnitude nor its time scale. At worst, ad hoc arguments can be completely incorrect. In addition, ad hoc arguments have no predictive power. Whilst black-box type empirical models can be used for prediction (and control purposes), they only apply for situations that exactly match the experimental conditions for which they were derived. They contain no underlying physics and hence provide no ability to predict the effect of perturbations outside the scope of that studied. It is for these reasons that black-box models are only used in process-control structures if reliable mechanistic models are not available, or when the physical model requires impractical computing resource or if mechanistic models are difficult to develop.
(c) Solution of a spatially lumped model It is suggested that a lumped model (not spatially distributed) based on a true multi-bed system (including associated gas storage tanks) can serve to explain the direction, magnitude, and time scales of the pressure and flow rate responses, since these are integrated quantities determined mainly by integrated (or average) bed properties. Such a model is therefore appropriate for the goals of this study since it is computationally rapid, has underlying physics and can be used to help explain observed responses. The price that is paid with these simplifications is the loss of purity prediction (a spatial variable) as well as the loss of a priori prediction. Some parameters of the model must be adjusted to 'calibrate' the model to the experimental data -in the present study, these parameters were valve C v 's and pressure boundary conditions, as explained below. It should be stressed that such a calibration is undertaken purely to fix absolute values of the pressure and flow for future control purposes and is not necessary for predicting the change in pressure and flow nor the time scale of the response. The model is firmly grounded in the physics of pressure-driven flow to/from coupled tanks, some of which contain adsorbents.
The lumped model, termed SoCAT (Simulator of Coupled Adsorptive Tanks), was developed with the aforementioned goals in mind. As mentioned above, this model does not replace simulators that are intended to provide an a priori match to the experimental data. The model is not unique -several variations of the model are possible. The process model is based on the flow sheet illustrated in Figure 4 , from which similarities can be seen between the model process flow diagram and the pilot plant P & ID as depicted in Figure 1 . SoCAT consists of a feed tank connected via control and on/off valves to the two adsorber tanks. The adsorbers are connected to each other to enable simulation of bed-to-bed interactions and also both connected to a product tank. Furthermore, adsorbate evacuation is simulated via stream 8. The following assumptions were made to allow the development of the model:
Constant feed pressure (P 1 ). Gases obey the ideal gas law. Inlet gas stream consists of a binary mixture of nitrogen and oxygen (argon and oxygen was assumed to have similar kinetics and adsorption characteristics and therefore lumped together as a single component). Constant gas-phase composition ( = 0.77) prevails in the bed during all steps. Isothermal conditions exist throughout the cycle operation (T = 299.15 K). There is negligible ambient heat transfer. Near-equilibrium conditions exist in the adsorbers due to the relatively long cycle times. Large mass-transfer coefficients are consequently employed for the calculation of the adsorption rate.
The assumption of isothermal conditions requires justification and a digression at this point is appropriate. It is well known that the O 2 VSA process is highly non-isothermal. Since adsorption is an exothermic process, all bulk gas separation systems will be non-isothermal. While inlet temperatures are typically near ambient, the heat of adsorption of nitrogen will be sufficiently high (together with the large amounts of nitrogen adsorbed and desorbed) for the temperature swing at a point in the bed to exceed 10 C. The large bed diameters ensure essentially adiabatic operation. Large bulk flows up and down the bed allow heat to be transferred slowly through the bed by convection, the time scale being significantly longer than pressure and flow responses. In addition, changes in feed/purge temperature from the boundaries propagate though the bed at even slower time scales.
Multilayer beds lead to unusual axial temperature profiles due to regenerative heat exchange and the development of a 'cold spot' at the interface between the pre-layer and main layer is a common occurrence. As a result of these coupled thermal phenomena, there are at least two different time scales inherent in the full response of an O 2 VSA system:
This scale (of the order of a few cycles) is a characteristic of the major portion of the pressure and flow responses. As valve positions change, pressure-driven flows change, and bed and tank pressures change. The short-term temperature swing (on a one-cycle basis -adsorption and desorption) will also change rapidly at some points in the bed as the mass-transfer front moves in the bed. However, valve perturbations will lead to relatively small changes in the position of the mass-transfer front and the bulk of the bed will experience unchanged temperature swings on the short time scale.
(ii) A 'long' time scale
This scale (of the order of 500-800 cycles) is a characteristic of the thermal propagation velocity purely due to convection from the boundary through the bed. The very low thermal velocities are simply a result of the high ratio of bed-to-gas thermal capacity. The convection leads to a change in the axial temperature profile.
Decoupling of these time scales can be accomplished through multiple-scale analysis as shown by Wilson and Webley (2002a) . It is important to note that even though true thermal cyclic steady y N 2 state is only accomplished after the long time scale, flows and pressures are at an approximate 'cyclic steady state' after the short time scale. Thus, the mass balance is approximately satisfied very soon while the energy balance is only satisfied at completion of the long time scale. Since the simple lumped model is aimed at addressing flows and pressures (not purity), and the temperature swing changes are modest on this time scale, it is appropriate to use a 'constant temperature swing' model for short time-scale prediction. As such, a 'constant temperature swing' model is defined as an isothermal model in this paper.
Due to the above assumptions, a mismatch between the model and pilot plant is to be expected. The principal error arises from the fixed value for the composition used in the model ( at the end of purge and evacuation steps is assumed equal to 0.77, whereas it is known to be different).
The assumption of isothermal conditions will also introduce errors as described above. It is therefore expected that the lumped model will be unable to capture the effects of the purge step correctly. In reality, a composition profile exists in the gas leaving the bed providing purge (which can be between 10% to 20% N 2 ) and entering the bed receiving the purge gas. This difference in composition lowers the partial pressure of N 2 at the top of the bed undergoing purge and causes nitrogen to desorb from the zeolite and adding to the total bed pressure. On the other hand, the lumped model assumes a fixed gas-phase nitrogen composition of 77% independent of the current step and hence does not correctly capture the true effects of the purge. As discussed above, SoCAT is incapable of capturing the effects of any process disturbance on oxygen purity since this requires modelling the composition profile within the bed. A future study will show how the oxygen purity can be modelled by an appropriate extension of SoCAT.
The model derivation begins by first considering material balances around the feed and product tanks [equations (1) and (2), respectively, with reference to Figure 4 ]:
(1)
( 2) where Q i is the volumetric flow rate of stream i and V F and V P are the volumes of the feed and product tank, respectively.
A material balance around the adsorber vessels yields two equations that include the sink/source term due to adsorption/desorption. For convenience, the mass balance for the first adsorbent bed only is shown [equation (3)], as a similar relationship exists for the second bed:
(3)
The linear driving force (LDF) model (Sircar and Hufton 2000) is frequently used to model the rate of mass transfer of the adsorbate into the zeolitic sieve. It describes the rate uptake as the product of the mass-transfer coefficient, k i , and the difference in adsorbate loading from equilibrium conditions as given by equation (4): (4) In this instance, the actual form of the mass-transfer relationship is irrelevant since 'large' values for k i are used, hence implying essentially equilibrium conditions. The dual-site Langmuir dn dt k n n relationship for the two species (oxygen and nitrogen) was used to characterise the equilibrium loading, n i eq :
where (5b) While simpler isotherm forms could certainly be used, the above isotherm form and parameters were available for the sieve used in the present study and represented very little additional computational burden. Square-wave output (representing the on/off valves) boundary conditions have been used to simulate the various steps in the cycle (refer to Figure 3 ) as well as fixed valve coefficients (which represent the control valves on the plant). However, for this cycle, a constant volumetric flow rate boundary condition was assumed for stream 8 (due to the use of a constant volumetric flow rate rotary vane pump in the pilot plant). Calculation of the volumetric flow rates across valves is given by the valve equation as specified by the Fluids Control Institute. For pressure-driven flow, the volumetric flow rate, Q (NL/s), is described by: (6a) where P U and P D are the upstream and downstream pressures of the valve, respectively. For conditions experiencing choked flow, Q is represented by:
However, if the upstream pressure is greater than the downstream pressure, a 'No Flow' condition is employed. This models logic in the experimental plant whereby solenoid valves are not opened until the upstream pressure is greater than the downstream pressure to avoid backflow.
(6c)
The dynamic model consists of eight coupled time-variant ODEs (representing molar flows, tank pressures and adsorbate species uptake) with an additional 15 ODEs to allow verification of numerical mass-balance closure and achievement of cyclic steady state. The set of ODEs are solved in the time domain using LSODA (Petzold 1983) or DVODE (Brown et al. 1989) , stiff/nonstiff, first-order, backward difference integrator packages.
OPEN LOOP RESULTS AND DISCUSSION
In this section, we show and discuss the transient and cyclic steady-state profiles for each of the system responses (bed pressure, product tank pressure, product flow, feed flow, evacuation flow, oxygen purity and thermal responses). It is worthwhile noting that the relevant time variable used in all of the following discussion was cycle time and not absolute time. Due to the batch nature of the process, each bed cycled through several steps but the product was only provided during the feed step. Hence, only the bed and product pressures during the feed step and successive cycles were of interest. Thus, from the standpoint of process control, real time must be replaced by cycle time.
Effect of process disturbances on bed and product tank pressure
For brevity, only the transient and cyclic steady-state responses for a step change in the feed valve position are shown (refer to Figures 5, 6, 7 and 8 ), as the system responses for the other perturbations showed similar results. An increase in the feed valve position directly increased the bed and product tank pressure as depicted in Figures 5 and 7 . This was due to additional moles of gas entering the bed and hence an equivalent increase in the amount of adsorbate and product species (oxygen) available for uptake. This resulted in a rise in the bed pressure and hence an equivalent rise in the product tank pressure.
The main observations of note are the fast system response to the valve change (negligible dead time), short time constant (steady state reached within two cycles) and the response appearing to be first order. The model captured the trends exhibited by the pilot plant. These included the rapid response, asymptotic closure to steady state and the magnitude of the change from the initial conditions (~4.5 kPa and ~3.9 kPa for the pilot plant bed and tank profiles, respectively, compared with 4.65 kPa and 4.54 kPa for the model).
The mismatches observed between the experiment and model were due predominantly to the assumption of constant composition (as discussed previously). This is highlighted during the purge steps (3 and 6) as depicted in Figure 6 . The model did not capture the increase in the bed pressure due to the purge effect correctly, as the constant composition profile of the entering purge gas led to a larger amount being adsorbed than occurred experimentally. Consequently, the bed pressure did not rise as much as that observed experimentally. This variance in the bed-pressure profile was manifested in the product tank pressure and resulted in similar mismatches between the plant and model as shown in Figure 8 .
Although the difference between the model and plant pressure history ( Figure 6 ) appear to be large, it is important to note that the pressure scale was deliberately exaggerated to help highlight the differences. In addition, it should be remembered that the true 'long time scale' cyclic steady state was not attained within the 12 cycles shown in Figures 5 and 7 . Despite these points, the pressures reached constant values and, interestingly, retained these values even at true cyclic steady 330 C.C.K. Beh and P.A. Webley/Adsorption Science & Technology Vol. 21 No. 4 2003 
Effect of process disturbances on system flows
Figures 9-14 show the response of process cyclic molar flows (mmol/cycle) to perturbations in the feed and product valve. The responses to purge valve and load variation are not shown for the sake of brevity but the steady-state gains for these open loop tests have been included in Table 1 .
An analysis of the response curves represented by Figures 9-14 revealed that the response of the system flow to the changes was rapid, with negligible dead time and very short time constants (the 'short time scale' steady state was attained within five to 10 cycles in all cases). This is in keeping with the pressure variations discussed previously. These time-variant trends were reproduced correctly by the model (note that the model had not been fitted to the dynamic data) along with the magnitude of the changes between the initial baseline conditions and the final steady state as shown in Table 1 . Once again, whilst this is not sufficient to validate the model, it suggests that an equilibrium model can provide an adequate description of a major portion of the VSA (flow and pressure) response with flow to and from the adsorber tanks.
There was no need to invoke complex mass-transfer arguments to explain the bulk of the pressure and flow response (direction and magnitude) to changes in process variables. The massbalance error, i.e. the difference between in-flow and out-flows as a percentage of in-flow, is shown in Figure 15 for the case of feed valve change. Once again, this illustrates the ability of the model to simulate bulk flow conditions (the mass-balance error was of a similar magnitude for both model and experiment) and shows that steady state was attained within seven cycles in the pilot plant and within four cycles in the model.
The mismatch in the molar feed flow value for all cases except the feed valve perturbation condition was due to the pilot plant having a pressure regulation valve fitted between the control valve and the feed tank (refer to Figure 1 ). This feature was not modelled in the process simulator (refer to Figure 4 ). Since the feed tank was at a much higher pressure than the adsorbent beds, choked flow conditions occurred in the process model, which resulted in a constant volumetric flow rate and subsequent molar rate as described by equation (6b). On the other hand, the pressure regulator fitted on the pilot plant decreased the feed tank pressure as experienced by the adsorbent beds and pressure-driven flow as described by equation (6a).
The final point of note is that the response of the product stream flow to closure of the product valve and changes in load were very similar (not shown here). This is useful from a control perspective since it means that a product-load disturbance can be simulated in the field by adjustment of the product valve alone. This is much easier to effect in practice than the application of an actual load disturbance. This result was expected.
Effect of process disturbances on oxygen purity
Product concentration (%O 2 ) is arguably the most important variable from the perspective of a customer and consequently demands tight control tolerances (typically ± 1% of set point). Figures 16-19 represent system responses to the four scenarios. In contrast to the pressure and flow responses shown previously, oxygen purity exhibited a measurable delayed reaction to the change (dead times between one to three cycles) and a significantly slower return to cyclic steady state (time constants of ca. four to six cycles).
The concentration of oxygen in the product gas leaving a bed was governed by the extent to which the mass-transfer front was allowed to break through. In the experiments, a baseline of 85% oxygen purity was used, indicating that some break through of the mass-transfer front had been permitted. Since the mass-transfer front was relatively sharp (10 to 20 cm as indicated from detailed simulations), any shift in the position of the mass-transfer front would produce a 'pulse' of product gas with a slightly different composition from 85%. The flow rate in the bed and the adsorptive capacitance of the bed dictate the position of the mass-transfer front. Hence, any perturbations affecting flow and pressure would influence the position of the mass-transfer front and affect oxygen purity.
336 C.C.K. Beh and P.A. Webley/Adsorption Science & Technology Vol. 21 No. 4 2003 Figure 16 . Purity response to a 5% feed valve increase. Oxygen purity at end of step 2, bed 1 feed. O 2 purity dead time, 2 cycles; time constant, ~ 5 cycles. As seen from earlier response studies, flows from the beds and the bed pressures responded quickly (three to five cycles) to perturbations in valve positions and hence equally rapid changes in oxygen purity would be expected. If the oxygen purity immediately downstream of the beds (and upstream of the product tank) is measured, such rapid responses are indeed seen. However, it should be recalled that the oxygen product flows into a large product tank and that the oxygen purity reported here (and of interest to the customer) was measured downstream of the product tank. The oxygen response was therefore strongly influenced by the mixing patterns in the product tank. The product tank was sufficiently large to hold ca. three cycles of inventory gas and hence, if plug flow prevailed in the tank, about three cycles would be needed to establish the change in composition as a result of the perturbation. If perfect mixing (CSTR) occurred, the response time would be longer and clearly of a different type (exponential decay to the steadystate value). It is therefore suggested that the primary reason for the time delay in oxygen response is the existence of a composition gradient in the product tank. Hence, by varying the size of the product vessel and altering the flow configurations, the system responses can be sharpened or dampened.
It is important to note that the distributed nature of the packed-bed adsorber system was separated from that of the tank because of the definition of time as cycle time, not absolute time. Essentially, the adsorbent beds provided pulses of gas into the tank at a particular composition over the cycle and hence the time-variant dynamics of the solute as a function of axial position in the bed can be ignored when considering the product tank.
There are also second-order effects that will influence the oxygen response. As shown later, the bed temperature profile was changed by the perturbations -rapid changes in the position of the mass-transfer front generate rapid changes in the temperature swing at particular points in the bed which, in turn, subtly change the convective flows through the bed and lead to overall re-adjustment of the bed profiles. These temperature shifts change the adsorptive capacity of the sieve, leading to pressure and flow changes and eventually changes in oxygen purity. However, re-adjustment of the thermal profiles was very slow (hundreds of cycles) and hence their influence was not sufficiently significant to contribute to the bulk of the oxygen response.
An additional second-order effect is the coupling of the beds. In step 3 (Figure 3) , the purge gas leaving the bed providing purge has a trailing composition relatively high in nitrogen (low in oxygen) as the mass-transfer front moves through. This 'tail' enters the bed receiving gas and resides at the product end of that bed. Thus, in the subsequent feed step, this 'tail' will exit first and enter the product tank, followed by high-purity oxygen and later the portion of the masstransfer zone. One half-cycle later, the reverse occurs -the bed providing purge now receives purge and vice versa. This coupling of the beds and 'exchange' of impure oxygen gas acts to further delay the overall response.
As discussed earlier, the SoCAT model does not model the oxygen response (it was not developed for this purpose). To help explain the responses, assistance from the detailed process model MINSA ) was used. Simple empirical models were utilised to represent the responses for controller design and pairing. A first-order model with dead time (FODT) gave a good description of the oxygen response characteristics observed in field operation (see Figures  16-19 ) even though the product tank was a higher-order system due to the occurrence of non-ideal mixing. The first order with dead time model, as described by equation (7), was solved in terms of deviation variables (O change in product oxygen concentration and V change in valve position) producing the analytical solution, equation (8):
where K p is the process gain, p the process time constant, D the system time delay and t in this case has the time units of cycle number (i.e. t e N, where N = 0, 1, 2, 3, …).
Typically, simulations [such as the MINSA adsorption simulator ] assume perfect mixing in vessels, such that the exit composition is equivalent to that within the tank. However, non-idealities such as non-uniform mixing and various process delays should be taken into
account to ensure that dynamic information is not lost, as this will affect the field performance of control schemes which are usually implemented and tuned offline. Also, design engineers should ensure that the effects of non-idealities are minimised (by appropriate piping layout and design of baffling or mixing points), especially in large oxygen production facilities where product vessels can assume capacities of several thousand litres. If such large unit operations were operated under less than ideal flow configurations, then dead time would dominate the response causing unnecessary difficulties in the design and tuning of various control algorithms (both model-based and PID). The presence of time delay in a process causes a reduction from the theoretical maximum controller gain (i.e. a system with no dead time) and hence may result in sluggish controller performance.
In the case of the oxygen VSA pilot plant, flow into the 60-l product tank was fed by 1 / 2 0 tubing running perpendicular to the vessel wall located near the top of the tank, while the exit stream was located near the bottom of the vessel and also ran perpendicularly via a 1 / 2 0 tube. No baffling or internal mixing was used in the tank. On average for the set of experiments conducted, ca. 20 l product gas entered and exited the tank per cycle at CSS. If the conditions were dominated by pure plug flow, then a step change in the exit product valve position would result in a stepwise change in flow after a delayed period (dead time of ca. three cycles in this case volume of product vessel/volume of gas exiting the vessel per cycle). On the other hand, if conditions within the product vessel were well-mixed, then the measured exit composition would follow an asymptotic relationship with the time constant of the response being a function of the capacity of the tank.
However as the results show, a condition somewhere in between plug flow and well-mixed existed. This condition was not constant but was a function of the flow dynamics and depended on the magnitude and type of perturbations as characterised by the different measured time delays (refer to Table 2 ). For completeness, the full response time (time necessary to attain 100% value) of the paramagnetic analyser and connecting tubing was measured and found to be ca. 25-30 s for a step change in composition at constant flow. As the response of the analyser was much less than the period of the cycle studied (total cycle time = 60 s), this further demonstrated that the observed delay could be attributed to poor mixing in the tank.
The performance of the FODT model, which was calibrated to a single experimental set for each of the four disturbances and then used to predict the effects of similar disturbances of differing magnitudes, is summarised in Table 2 . The integral absolute error, IAE, was used as a measure of performance of the first-order model in comparison with plant data and is described by equation (9):
Failure of the FODT model to capture the responses that are clearly measured after the initiation of the step change is highlighted in Figures 16-19 (the FODT model shows sharp changes in the process variable initially after the time delay whereas the plant exhibits smoother transitions). A better representation may be achieved using higher-order approximations such as Nth order models or a series of interacting first-order lags (each with differing time constants). However, the satisfactorily low IAE and the observed approximation of the FODT model are sufficient to justify its use over more computationally expensive higher-order methods. Furthermore, due to process/model mismatch, additional fine-tuning of the controller parameters is required once implemented in the field. The main use of the model should be to enable the determination of approximate gains that seek to minimise the IAE. Lastly, a PID controller with fixed gains or a model-based controller compensating on a constant time delay may fail if the dead time were to vary for a particular set of manipulated and process variables. Retuning or gain scheduling, in this case, would be the appropriate course of action. It is important to note that feed, purge and product valves all affect the oxygen purity with different process dynamics. Thus, using these valves to control other variables (such as product flow and pressure) would lead to strong coupling between the control loops -the extent of this coupling is investigated in Part 2 of this series. The individual responses shown in Figures 16-19 will now be discussed. The decrease in oxygen purity following an increase in feed ( Figure 16 ) and purge ( Figure 17 ) valve positions arises from differing causes. In the event of an increase in the feed valve position, an increase in the number of moles of gas entering the bed causes movement of the adsorption front further towards the product end of the bed. This shift in the position of the front causes more moles of nitrogen to leave the bed as product and to enter the bed undergoing purge, adding further to the moles of nitrogen ready to be released as product during the feed step of the second bed. Figure 16 shows the product purity dropping from an initial value of 85% and asymptotically converging to a steady value of ca. 81%, 20 cycles after the valve perturbation was made. However, in the case where an increase in the purge valve occurred, movement of the front during the purge step allowed nitrogen to contaminate the top of the bed receiving purge as discussed earlier. The convergence of this condition is faster (15 cycles) with the purity decreasing slightly (87.2% to 86.2% in Figure 17 ). 340 C.C.K. Beh and P.A. Webley/Adsorption Science & Technology Vol. 21 No. 4 2003 It should be noted that the purge step is implemented in the cycle to allow maintenance of product purity by essentially 'cleaning' the top of the bed receiving the purge stream. Thus, the change of 3% in this case is significantly large for this region of operation and so smaller variations in the purge stream would yield higher product concentrations. Furthermore it is clear, for the region of operation, that an increase in product moles per cycle would result in a decrease in oxygen purity (refer Table 1 ). The product mole rate is a fast-acting variable whilst the oxygen purity is slow due to the capacity of the product tank. Hence, a feed-forward action can be utilised to ensure product purity is within tolerance. However, the use of product flow alone as a feed-forward process variable may not be sufficient to determine the effect on purity. For example, if the cycle was operated under disparate conditions (i.e. use of different adsorbents, different process conditions, differing bed height, etc.) whereby the adsorption front was held further into the bed (as is the case for a high-purity scenario), the removal of more product gas may not necessarily affect the product concentration. It is therefore suggested that measurements of the product flow, as well as another variable yielding information on the position of the adsorption front, may be sufficient to determine whether the product concentration will rise or fall.
Lastly, reduction of the product valve or reduction of product load caused increased product purity with similar characteristic responses (compare Figure 18 with Figure 19 ). An opposite effect from the feed valve change occurred whereby the adsorption front was pushed further back into the bed, hence providing a greater region for product oxygen in the bed.
Effect of process disturbances on thermal evolution
Whilst the thermal evolution and the response of the beds to process disturbances is of no direct interest to the customer, they are an important source of diagnostic information and offer potential for control. The temperature profile in the bed at the end of each step in the cycle for the baseline condition (before perturbations) is shown in Figure 20 . The cold spot at the interface between Figure 20 . Cyclic steady-state axial temperature profile at baseline conditions. the layers was clearly observed (at 0.3 m) -the causes of this cold spot have been discussed extensively (Wilson and Webley 2002b) . The temperature swing between feed and evacuation was 4-6 C in the main section of the bed (0.4-1.2 m) but only 1-1.5 C at the top of the bed. This was expected since the oxygen-rich gas was kept at the product end of the bed and little adsorption/desorption occurs here. Upon receiving perturbations in the valve positions, the bed flows and pressure change and, as a result, the temperature profiles change. The final cyclic steady-state temperature profile was established in such a way that the overall energy balance was satisfied at each point in the bed as well as the boundary conditions at each end of the bed. Figure 21 shows the change in bed temperature (from its baseline value as shown in Figure 20 ) at cyclic steady state after a 5% increase in feed valve position. The maximum change in temperature was small (2 C) with very little change occurring between 0.8 m and 1.6 m, indicating little change in adsorptive behaviour in this section of the bed. As shown earlier, the oxygen product purity dropped for this perturbation, indicating a movement of the mass-transfer zone towards the end of the bed. This movement was distinguished as an increase in temperature near the top of the bed (1.6 m onwards). The slightly higher main bed temperatures led to heating of the prelayer on desorption, thus slightly elevating the temperature of the prelayer (0-0.4 m). It is interesting to note that the temperature swing at the top of the bed which was 1-1.5 C before the perturbation now increased to 2-3.5 C, reflecting the movement of the mass-transfer zone and subsequent heat generation via nitrogen adsorption. While Figure 21 shows the final cyclic steady-state temperature, Figure 22 shows the transient approach of the system towards cyclic steady state at three points in the bed: 0.3 m, 0.7 m and 1.6 m, respectively.
The feed valve perturbation was made at cycle 47. All three thermocouples (0.3 m, 0.7 m and 1.6 m) showed an immediate initial response (most identified by the thermocouple at 1.6 m) followed by a more gradual approach to cyclic steady state. The temperature at 0.3 m (in the prelayer) took 250 cycles to reach cyclic steady state; that at 0.7 m was essentially unchanged; and the response at 1.6 m was over after two to three cycles. The varying response time for the different locations was a result of the different causes of the temperature change. In the prelayer, no 342 C.C. K. Beh and P.A. Webley/Adsorption Science & Technology Vol. 21 No. 4 2003 Figure 21 . Cyclic steady-state change in adsorbent bed temperature as a result of a 5% increase in feed valve position. adsorption/desorption occurred and the temperature shift was entirely due to (slow) convective heating of the bed. At 1.6 m, the response was rapid because movement of the mass-transfer zone led to enhanced temperature changes due to increased adsorption/desorption. Hence, there was no one time scale for the temperature changes in the bed -as discussed earlier, there are multiple time scales involved in O 2 VSA responses. Figure 23 shows the change in bed temperature (from its baseline value as shown in Figure 20 ) at cyclic steady state after a 3% increase in purge valve position. Even though the purity response was similar (compare Figures 16 and 17) , the bed temperature response was entirely different. Temperatures in the main portion of the bed had increased by about 1.5 C with little change in temperature of the cold spot. Once again, the temperature swing at the exit of the bed has increased, reflecting the presence of the mass-transfer zone.
The transient response of the system to a 3% increase in purge valve is shown in Figure 24 . The thermocouple at 0.7 m now shows a significant dead time (absent in the feed valve responses) and a cyclic steady state was approached only after ca. 310 cycles. It is clear that significantly different transient and steady-state temperatures were attained as a result of different perturbations. Wilson and Webley (2002a) have discussed a simple method for the determination of cyclic steady-state profiles following a change in boundary conditions that can be used to explain some of the effects resulting from these case studies. These complications in thermal transients can however be neglected by the control engineer as it was observed that, although the time-variant thermal energy profiles had not yet attained an asymptotic value, their closure had a negligible impact on the controlled variables (such as oxygen purity, flow and product pressure). This is principally because the cyclic steady-state temperature closure was within 2 C of its initial value and was either not significant enough to cause a difference in the output variables and/or was within the error tolerance of the sensors. The close coupling of short-term temperature responses and the location of the mass-transfer front raises interesting options for diagnoses and control. By monitoring the axial thermal profiles at each instance in time, coupled with the measurements of the product flow, valuable heuristic information on the movement of the adsorption front and the likely impact on product concentration can be established. This can be utilised in a feed-forward manner by the control engineer for the maintenance of product purity. The assumption of this method is that the velocity of the concentration wave and the subsequent thermal (adsorptive) wave are coincident, which is the case for bulk-gas separation processes such as O 2 VSA and was substantiated from a previous analysis (Basmadjian 1997) . Use of the thermal fronts for control of the feed step for an air-separation cycle has been proposed by Matz and Knaebel (1987) , based entirely on measurements of the axial temperature profile and the above premise. These researchers attempted to utilise the thermal fronts as a measure of the composition gradient and hence control the length of time for the feed step. The ultimate time for the feed step was calculated as a function of the bed length and the coefficients of a polynomial regression were determined to fit the axial positions of the thermocouples to the occurrence of the thermal shifts. They applied this technique to a single-column experimental unit. However, the cycle under study was not a true pressure swing cycle, as a separate reservoir of pure light component was used both to pressurise and purge the bed. This deprived the cycle of transient responses whereby the product purity attained a final value asymptotically and was performed because the researchers were concerned about the failure of their method under more realistic cycle conditions. They also reported difficulties with controlling the purge step due to the smaller enthalpy changes and the diffuse nature of the thermal wave during this step.
An additional use of the axial temperature profiles is as a powerful diagnostic tool to monitor sieve contamination (and subsequent deactivation) by either leaks at various sections of the bed or through impurities carried through the feed stream. This last example would cause a shift in the 'cold spot' further into the bed and lead to a decrease in performance due to a diminished adsorptive capacity.
CONCLUDING REMARKS
The response (oxygen purity, pressure, and flow) of an experimental O 2 VSA to perturbations in feed, product and purge valve was examined with a future view to control of these parameters. Perturbations in feed, purge and product valve all affected the product purity, pressure and flow, and hence were strongly coupled. If controller pairings and tuning are to be performed, then these couplings would play a major role and must be accounted for.
A simple lumped model involving coupled adsorptive tanks that was easily solved was capable of describing the responses of the pressure and flow variables. Responses in oxygen purity were significantly affected by non-ideal mixing in the product storage tank and could not be predicted with the simple lumped model. The thermal response of the system clearly exhibited two time scales: a short time scale reflecting movement of the mass-transfer zone in the bed and a longer time scale reflecting convection in the bed. However, for the region of interest, complications involving thermal effects could be essentially neglected and hence a simplification to the control problem could be made. Whilst not important for control, monitoring of the axial thermal profiles at each instant in time, coupled with measurements of the product flow, provided valuable heuristic information on the movement of the adsorption front and the likely impact on product concentration. Finally, the responses of the system to either product valve or product load perturbations were shown to be similar (as expected). 
